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Abstract 
Residual SO2 accumulates as sulfate in aqueous amine used for CO2 capture from coal-fired power plants. This paper reports 
research results on a new process to remove this sulfate by crystallization of K2SO4. The K2SO4 solubility in CO2 loaded aqueous 
amine solutions was measured and correlated with an empirical relationship and with the electrolyte-NRTL model in 
AspenPlus®. The volume median particle size of K2SO4 by continuous crystallization ranges from 90 to 340 Pm. A case study of 
the new reclaiming process was done in AspenPlus® and the total estimated cost to remove sulfate is about $1.1/ton CO2.
© 2008 Elsevier Ltd. All rights reserved 
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1. Introduction 
One side reaction in CO2 capture when using amine-based treatment is the generation of sulfate from SO2.
Generally, there are two places where sulfate can be removed: the polishing scrubber before CO2 absorption and 
solvent reclaiming after stripping. The accumulated sulfate in the system must be maintained below a critical level 
where the aqueous monoethanolamine (MEA) or piperazine (PZ) still has adequate capacity for CO2 capture. The 
amount of sulfate removed by the polishing scrubber can be adjusted so that the total cost is minimized. 
Three methods have been commercially used for solvent reclaiming: distillation (thermal reclaiming), 
electrodialysis, and ion exchange. Electrodialysis and ion exchange remove only ionic impurities, while distillation 
removes all the impurities but causes thermal degradation and consumes more energy. All of these methods generate 
considerable amount of diluted or concentrated waste [1]. 
In this study potassium hydroxide is added to precipitate potassium sulfate solids. This solvent reclaiming process 
may reduce the cost and solve energy and waste problems in existing reclaiming processes. This paper represents 
results in three specific areas: thermodynamics, continuous crystallization, and simulation. 
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2. Thermodynamics – solubility measurement and interaction parameter regression 
2.1 Theory 
     Sulfate solubility in organic aqueous solution (ammonia, ethyl alcohol, ethylene glycol, sugar, etc.) decreases 
with greater organic concentration and lower temperature [7]. MEA and PZ are organic solvents, and the K2SO4
solubility in these aqueous amine solutions is expected to be lower than that in the aqueous solution. However CO2
loading which increases ionic concentrations as carbamate and protonated amine should increase sulfate solubility.  
    Under normal conditions, in aqueous electrolyte solutions the concentration of the electrolyte has a significant 
impact on the electrical conductivity [8]. The ionic strength is a function of the concentration of all ions in the 
solution: 2
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 ¦ . Where ci is the concentration if ion i and zi is the charge number of that ion. Conductivity can 
be measured and reflects the electrolyte concentration changes in the solution, while ionic strength represents both 
the ion concentration and the charge numbers. In this study, CO2 concentration contributes the most to ionic strength. 
2.2 Experimental 
In method 1, the conductivity of 50 g of loaded, agitated solution was measured as 0.1-0.4 g K2SO4 was 
sequentially added until the solution was saturated. Then an excess of K2SO4 was added to the solution and the final 
conductivity was recorded. Conductivity was correlated with K2SO4 concentration and extrapolated to obtain the 
K2SO4 saturation concentration. In modifications of this procedure, KOH or H2SO4 was added to the solution before 
the additions of K2SO4. These experiments were conducted at room temperature and at 40ºC. 
Method 2 was used with high CO2 loading at 
relatively high temperature. Instead of adding solid 
K2SO4 to change the concentration of K2SO4, 2.0-3.5 
mL of loaded solution was sequentially added to the 
system through a Brinkmann嘐 bottletop buret, and 
conductivity was measured with each addition. In the 
beginning, the solution was over-saturated with solids, 
and then became diluted. Conductivity was correlated 
with K2SO4 concentration and extrapolated to obtain 
the K2SO4 saturation concentration. These experiments 
were conducted at 80ºC. 
A total inorganic carbon analyzer was used to 
analyze CO2 concentration change before and after 
experiments. pH titration was used to analyze amine 
concentration before and after experiments.  
2.3  Results and Discussion 
Fig. 1 shows how conductivity is used to determine solubility. The intersection of the curves is the saturation 
point, and solubility of K2SO4 is calculated from the two equations. The results are listed in Table 2. These data are 
represented by the empirical correlation:  
0.2 2273.4ln (Emp.) 7.82 0.37([eq.amine], m) -1.445
( )calc
Ksp I
T K
               (1) 
where I is the ionic strength, [eq.amine] = [MEA]+ 2 [PZ]  and 2 24([K ],m) ([SO ],m)Ksp    .
Kspcalc/Ksp(Emp.) is a measure of how well the empirical model predicts the K2SO4 solubility. K2SO4
solubility increases with greater ionic strength and temperature and decreases with greater amine concentration. 
Thus higher CO2 loading increases K2SO4 solubility by increasing ionic strength of the aqueous amine solution.  
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Fig.  1. Conductivity Dependence on Concentration 
7 m MEA, [CO2]t=2.8 m, T=40 ºC 
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2.4 Aspen parameter regression 
The Data Regression System in Aspen Plus® was used to determine the interaction parameters in the electrolyte-
NRTL model from all of the experimental data on K2SO4 solubility. W is the energy parameter, one of the 
electrolyte-NRTL parameters, for molecule-molecule, molecule-electrolyte, and electrolyte-electrolyte pairs [2]. The 
values of W are used in the activity coefficient calculation in the electrolyte-NRTL activity coefficient model. For 
electrolyte-molecule pair parameters, the temperature dependency 
relations are as follows: 
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where B is the solvent molecule, ca is electrolyte pair c and a, and 
Tref is 298.15K.   
In Aspen Plus®, the solubility of K2SO4 is represented by 
ln( ) / ln( )Ksp A B T C T    ; T is in Kelvin. A, B, and C were 
regressed from K2SO4 solubility data in water (Söhnel, 1985 [3]). 
The regressed values for A, B, and C are 265.7, -14954, and -40.7, 
and the standard deviations are 1.8, 85, and 0.3, respectively. Starting 
with these values and with 30 other values of C, D, and E regressed by Hilliard (2008) [4] for MEA-H2O-CO2,
values were regressed for Wparameters including the additional components K+ and SO4-2. The data regression 
includes data reported above in MEA with and without CO2 and data in water by Söhnel (1985) [3]. Data with CO2
loading were regressed with a higher weight since most parameters are affected by CO2. The result uses only C 
parameters and is given in Table 1. 
The other W parameters were set to default values [2]. Then the parameter set of 9 regressed values and default 
values was developed; this set is expected to simulate the interaction between ion pairs and molecules within certain 
condition ranges. 
2.5 Test of the Model 
The electrolyte-NRTL model in Aspen Plus®, with the developed parameters in Table 1, was used in a series of 
flash simulations.  Each of the experimental conditions was used to get the activity coefficients and mole fractions 
of K+ and SO4-2, as well as Kspcalc/Ksp(Aspen).  
2 2 2 2
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calc calcKsp Ksp x x
Ksp Ksp T A B T C T
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      (4) 
The Kspcalc/Ksp(Aspen) in Table 2 illustrates that the regression is not accurate at high amine concentration and 
high CO2 loading. Temperature has no obvious effect on the accuracy of the prediction. 
Table 2: Potassium Sulfate Solubility and Prediction by Empirical Model and Aspen Model
T Concentration(m) Kspcalc/Ksp T Concentration(m) Kspcalc/ Ksp 
(°C) K+ SO4-2 CO2 Amine Emp. Aspen (°C) K+ SO4-2 CO2 Amine Emp. Aspen
      in water * 24 0.76 0.38 5.5 11 0.81 N/A 
20 1.27 0.63 0 0 0.72 0.78 40 0.89 0.44 5.5 11 0.80 15.2 
25 1.38 0.69 0 0 0.75 1.26 40 0.42 0.21 2.2 11 1.17 1.37 
30 1.48 0.74 0 0 0.78 0.59 40 0.95 0.30 4.4 11 0.58 9.46 
40 1.70 0.85 0 0 0.84 0.70 40 0.33 0.17 1.1 11 0.85 1.57 
50 1.90 0.95 0 0 0.93 0.39 40 0.31 0.16 0.55 11 0.49 2.68 
60 2.11 1.05 0 0 1.03 0.87 40 0.68 0.49 4.4 11 0.87 10.1 
70 2.30 1.15 0 0 1.15 0.67 80 1.25 0.62 5.5 11 0.78 8.48 
80 2.47 1.23 0 0 1.30 0.62 80 1.20 0.42 4.4 11 0.68 4.10 
         0 loading MEA 80 0.99 0.65 4.4 11 0.84 5.05 
Table 1: Regressed Parameters for the 
Electrolyte-NRTL Model
Component Value St.dev. 
H2O/(K+,MEACOO-) 6.76 1.8 
H2O/(MEA+,SO4-2) 7.15 1.6 
MEA/(MEA+,SO4-2) 13.68 8.0 
(K+,SO4-2)/MEA -1.57 1.1 
MEA/(K+,SO4-2) 7.59 1.4 
H2O/(K+,HCO3-) 14.76 1.0 
MEA/(K+,HCO3-) 15.41 31 
(K+,OH-)/MEA 2.75 5.0 
MEA/(K+,OH-) -3.04 1.4 
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T Concentration(m) Kspcalc/Ksp T Concentration(m) Kspcalc/ Ksp 
(°C) K+ SO4-2 CO2 Amine Emp. Aspen (°C) K+ SO4-2 CO2 Amine Emp. Aspen
22 1.34 0.67 0 0 0.71 1.04                       PZ 
45 1.80 0.90 0 0 0.89 0.99 25 0.54 0.27 2 4 1.14 N/A 
40 0.23 0.12 0 3.5 4.03 N/A 23 0.72 0.36 4 4 1.53 N/A 
24 0.21 0.10 0 7 0.95 2.90 40 0.44 0.22 1.9 5 1.23 N/A 
40 0.25 0.12 0 7 1.03 2.49 40 0.78 0.39 4.2 5 0.97 N/A 
80 0.44 0.22 0 7 0.91 1.73 40 0.34 0.17 8 10 0.83 N/A 
24 0.09 0.04 0 11 1.08 0.19 40 0.34 0.17 4.8 8 1.26 N/A 
25 0.12 0.06 0 11 0.59 N/A 40 0.32 0.16 6.4 8 2.76 N/A 
80 0.20 0.10 0 11 0.79 0.47 40 0.42 0.21 0.8 4 1.04 N/A 
40 0.10 0.05 0 11.4 1.00 0.14 80 0.51 0.25 4.8 8 0.95 N/A 
                     MEA 80 0.55 0.28 6.4 8 1.35 N/A 
24 0.84 0.22 2.8 7 1.24 1.73                       MEA/PZ 
40 0.62 0.31 1.4 7 1.11 0.53 23 0.77 0.38 5.5 7/2 0.76 N/A 
40 0.91 0.46 2.8 7 1.09 1.18 24 0.35 0.17 2.2 7/2 1.32 N/A 
40 0.74 0.19 1.4 7 0.94 0.50 40 0.83 0.42 5.5 7/2 0.94 N/A 
40 0.61 0.46 1.4 7 1.06 0.72 40 0.74 0.37 2.2 3.7/0.8 2.37 N/A 
40 0.70 0.17 1.4 7 1.10 0.40 40 0.59 0.12 2.2 7/2 0.84 N/A 
42 0.93 0.46 2.8 7 1.09 1.17 40 0.43 0.37 2.2 7/2 0.85 N/A 
40 0.44 0.22 0.7 7 1.20 0.56 40 0.26 0.13 1.1 7/2 1.63 N/A 
40 0.43 0.22 0.35 7 0.77 1.22 40 0.64 0.32 3.9 7/2 0.96 N/A 
80 1.35 0.68 2.8 7 1.03 0.70 80 1.04 0.52 5.5 7/2 1.22 N/A 
80 0.94 0.62 1.4 7 1.05 0.39 80 0.94 0.47 3.9 7/2 0.83 N/A 
                                                     MEA 80 0.67 0.34 2.2 7/2 0.84 N/A 
24 0.69 0.34 5.5 11 1.05 13.9 40 0.43 0.37 2.2 7/2 0.85 N/A 
*: data in water by Söhnel, 1985 [3]. 
Fig. 2 gives the prediction of K2SO4 solubility in MEA solution at 40ºC using both empirical and Aspen models. 
The squares and triangles are from experiment data, solid lines are from the empirical model, and dashed lines are 
from the Aspen model. The empirical model fairly predicts all the data points; while the Aspen model is off for 11 m 
MEA at high CO2 loading. 
3. Continuous Crystallization 
3.1 Experimental 
The apparatus is shown in Fig. 3. K2SO4
was crystallized continuously in a stirred 
reactor fed with loaded amine solution and 
KOH. The amine feed included CO2 and 
enough K2SO4 to be close to K2SO4
saturation. Sulphuric acid was added to the 
amine feed to adjust SO4-2/K+. The KOH feed was 29.6 wt % or 43.5 wt % aqueous KOH. The feeds were preheated 
by going through the water bath and pumped into a jacketed beaker. An agitator or magnetic stir bar was used for 
agitation. The electrical conductivity and temperature of the solution were measured. The volume of the reactor was 
200 mL or 50 mL, and the residence time varied from 3 min to 20 min. The liquid level was controlled by adjusting 
the slurry pump. Slurry samples were collected during the last 2 residence times. It is assumed that the system gets 
to steady state around 8-10 residence times. Gravity filtration and vacuum filtration were used for a primary 
separation, and then the filtered sample was dried in an oven at 105ºC. The weights before and after drying were 
recorded. A dry sample of solids was dispersed into saturated K2SO4 aqueous solution by a sonicator. The size 
distribution was determined by a Malvern® mastersizer. SEM and light microscopy images were taken to show 
0.05
0.15
0.25
0.35
0.45
0 1 2 3 4 5
[CO2]t (m)
K
2S
O
4 (
m
)
Fig.  2. Prediction of K2SO4 solubility in MEA solution at 40ºC 
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crystal habit, shape and surface, as well as to verify the mean crystal size result of the mastersizer. X-ray diffraction 
was used to test the purity of the solid product. Settling rate was measured for selected samples from the reactor 
after experiments. 
3.2 Results and Discussion 
Table 3 gives the conditions for each run and the resulting particle size represented as the volume median size and 
as the moisture content in the filter cake. The volume median particle size varies from 90 to 340 Pm with residence 
times of only 3 to 20 minutes. The solids filter easily and settle rapidly.  It appears that greater particle sizes result 
from greater T, longer residence time, reduced SO4-2/K+, and reduced amine concentration. There appeared to be no 
effect of additives. CO2 loading is defined as: 2 t
2 4
[CO ]
[eq.amine] 2 [H SO ]
D  
 
Table 3: Continuous Crystallization of Potassium Sulfate
T Agitation W Concentration (m) CO2 KOH
Volume Median Particle 
size (Pm)* 
Initial 
Settling 
Rate
°C RPM min MEA SO4-2 ldg. wt%
SO4-2
/K+
L1 L2 L3 cm/min
25 420** 20 7 1 0.4 29.6 0.77 234 300 N/A N/A 
60 380 10 7 1 0.4 43.5 0.41 202 300 N/A N/A 
40 380 10 7 1.52 0.4 43.5 1.1 194 100-150 150 7.1 
40 380 10 7 1.52 0.4 43.5 0.63 305 100-150 100-150 N/A 
40 380 3 7 1.52 0.4 43.5 1.1 90 50 50 5.1 
40 380 20 7 1.52 0.4 43.5 1.1 334 100-150 125-150 4.0 
40 870 10 7 1.52 0.4 43.5 1.1 225 30-50 50 1.4 
40 250 10 7 1.52 0.4 43.5 1.1 158 100-150 N/A 2.2 
40 380 10 11 1.67 0.31 43.5 1 172 30 N/A N/A 
25 750** 20 11 1 0.4 29.6 0.34 339 250-300 N/A N/A 
40 380 10 8(PZ) 0.63 0.40 43.5 0.21 194 100-150 150 N/A 
40 380 10 7/2(PZ) 1.67 0.30 43.5 1.1 209 30-50 N/A 2.5 
40 380 10 7a*** 1.52 0.4 43.5 1.1 207 100-150 100 N/A 
40 380 10 7b 1.52 0.4 43.5 1.1 317 150-200 N/A 4.1 
40 380 10 7c 1.52 0.4 43.5 1.1 245 100-150 150+ N/A 
60 380 10 7d 1 0.4 43.5 0.37 218 N/A N/A N/A 
*: L1 is from mastersizer®; L2 is the greatest length inside one image by light microscope; L3 is the greatest length inside one image by SEM. 
**: An overhead stirrer was used while a one-inch magnetic stir bar was used in the others. RPM is given in the manuals for certain speed settings.  
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Fig. 3.   Continuous crystallization apparatus 
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***: Additives: a: 0.1mM Fe+2, 0.1mM Cu+2, 100mM inhibitor A; b: mole ratio HEEDA/MEA=0.05, mass ratio HEIA/MEA=0.02; c: 0.1mM 
Fe+2, 0.1mM Ni+2, 0.1 mM Cr+2; d: <1mM Fe+2.
Figs. 4 and 5 show typical images of K2SO4 crystals under SEM and light microscopy, respectively. Therefore big 
crystals can be formed under the experimental condition range and are easily separated. This indicates the feasibility 
of reclaiming amine solvent by K2SO4 crystallization.  
4 Material and Energy Balances and Cost Estimation 
4.1 Process Simulation Description 
Fig.  4.  K2SO4 Crystals under SEM 
From exp. with 0.1mM Fe+2, 0.1mM Ni+2, 0.1 mM Cr+2.
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Fig.  6. Reclaiming Process by K2SO4 Crystallization 
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Fig.  5.  K2SO4 Crystals under Light Microscope 
From exp. with 7m MEA, 0.4 loading, SO4-2/K+=0.63. 
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Fig. 6 shows AspenPlus® modelling results for a reclaiming process using K2SO4 crystallization. The base case is 
a 500 MW power plant [5]. The flue gas contains 12.38% CO2 and 100 ppm SO2 and the CO2 removal rate is 90%. 
A sub-stream from the bottom of stripper is fed into the reclaiming system. The flow rate is adjusted to avoid any 
sulfate accumulation in the solvent, that is, to remove all sulfate in flue gas. In flash 1, 2, and 3, CO2 and water 
evaporate to concentrate the solution and the pressure drops to about 0.1 atm. The pressures of the crystallizer and 
condenser were set to be equal to that of flash 3. 50 wt% KOH is fed into the crystallizer to precipitate extra sulfate. 
Water is condensed from vapor (stream 2, 9, 3 and vent) by the condenser and the cooling system inside the multi-
compressor. Through the multistage compressor, vapor is compressed to 2 atm, which is the same as that from the 
top of the stripper. Slurry is further separated and clear liquid is pumped back to the absorber-stripper system. The 
flow rate of the KOH stream is adjusted to make potassium flow rates equal in the feed and liquid phase of the slurry. 
Make-up water is needed to dilute the slurry so that it can be pumped to the absorber. Through this process, sulfate 
is removed, part of CO2 is separated and compressed, and energy is lost through the cooling down of inlet stream 
and compression of CO2.
4.2 Results and discussion 
Conditions of important blocks and streams are shown in Fig. 6. The net duty of the condenser is 1.21E6 Watt, 
while cooling duty and net work of the multi-stage compressor are 2.15E6 and 7.06E4 Watt. According to Hilliard
[4] the average heat capacity of the inlet feed between 40-120ºC is 3.54 kJ/(kgK), thus the equivalent work that is 
lost from the main stream in this process is:  
106.4 273.15
1 49.1 273.15
379.55
322.25
0.75*
313.15       19.76 / 0.75 3.54 / ( . ) (1 )
       3.17 5( )
refT TWeq m CpdT
T
kg s kJ kg K dT
T
E Watt



  
    
 
³
³
The equivalent work that benefits from compressed CO2 is:
2 2 28.2(  CO / ) 15( /  CO ) 123(kJ/s)=1.23 5( )Weq mol s kJ mol E Watt   
The total equivalent work that is lost in this process per mole sulfate removed is: 
1 2 2 4
2 4
( ) / (moles of K SO  in slurry)
       (3.17 5 7.06 4 1.23 5) / 2.35 /
        =1.126 5 J /  K SO
comprWeq Weq W Weq
E E E Watt mol s
E mol
  
  
Knowing the ratio of CO2 to SO2 in the flue gas and a typical electricity cost, the cost of sulfate removal in dollars 
per ton CO2 can be calculated using the following formula:  
2 2
2
2 2
1 4 SO112.6 1 6 60$Energy cost 0.038 $ / CO
 SO 12.38%  CO 90% 44.01 3.6 6
E mol molCOkJ E g MWhr ton
mol mol g ton E kJ MWhr
       

The energy cost is very low. The chemical cost can be calculated based on the assumption that K2SO4 can be sold 
as fertilizer. (Prices used are from Aug. 2006 [6]: caustic potash liq. 45% $15.6/100 lb; $200/ton K2SO4 fertilizer, 
which are $0.043 and $0.017 per mole potassium, respectively).  
2 2$/mol SO 2 (0.043 0.017) 0.051$ /  SOmol    
The dollar cost per ton of CO2 can be calculated using this formula:  
2 2
2
2 2
1 4 SO$0.051 1 6Chemical cost 1.040 $ / CO
 SO 12.38%  CO 90% 44.01
E mol molCO E g ton
mol mol g ton
     

Total cost=0.038+1.040=1.078 ($/ton CO2)
According to this case study, the cost of sulfate removal is about $1.1 per ton CO2. This is very low compared 
with CO2 capture cost without solvent reclaiming, which is about $55-67 per ton CO2 [5]. There are also 
environmental advantages over the other 3 reclaiming processes: little waste solution is generated and the by-
product K2SO4 can be used as fertilizer.  
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5. Conclusion 
A new reclaiming process was developed to remove sulfate from amine solvent. Experiments of K2SO4 solubility 
measurement were performed at 25ºC to 80ºC with 0 to 0.5 moles CO2/equivalent amine in aqueous solutions of 3.5 
to 11 m MEA, 4 to 10 m PZ, and 7 m MEA/2 m PZ. The K2SO4 solubility varies from 0.04 to 0.9 m, and the Ksp 
varies from 0.4 to 3.1. A typical lean solution of 7 m MEA with 0.4 CO2 dissolves as much as 0.46 m of K2SO4. An 
empirical model was correlated for data prediction: 0.2 2273.4ln (Emp.) 7.82 0.37([eq.amine], m) -1.445
( )calc
Ksp I
T K
    . This 
shows that K2SO4 solubility increases with greater CO2 concentration and temperature and decreases with greater 
amine concentration. An interaction parameter model using Aspen Plus® was developed with 9 parameters for the 
electrolyte-NRTL model. 
By adding 29.6 wt % or 43.5 wt % KOH to 7 and 11 m MEA, 8 m PZ, and 2 m MEA/7 m PZ, with SO4-2/K+ from 
0.3 to 1.1 and 0.6 to 1.7 m SO4-2, at 25, 40, and 60ºC, with residences time of 3 min, 10 min, and 20 min, agitation 
rates from 250 to 870 RPM, with or without additives (Fe+2, Cr+2, Cu+2, Ni+2, HEEDA, HEIA, inhibitor A, etc.), 
K2SO4 was crystallized continuously and the results show that big crystals with a volume median particle size of 90-
340 Pm can form and solid-liquid separation is easy to achieve.  
A case study of a 500 MW power plant was done by process simulation in Aspen Plus®. Estimated energy and 
chemical costs show that the total cost to remove sulfate in that case would be $1.1 per ton CO2, which is very 
acceptable. The waste generation is very small compared with the other reclaiming processes.  
Based on all the above results the reclaiming by potassium sulfate crystallization is a good option for solvent 
reclaiming in post-combustion CO2 capture. 
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